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a  b  s  t  r  a  c  t

In catalyst  activity  testing,  micro-packed-bed  reactors  are  the  most  commonly  used  devices.  However,
the  small  particle  sizes  (typically  0.05–0.2  mm)  inherent  with  these  microreactors  in  multiphase  systems
do  exhibit  special  hydrodynamics  characteristics,  that  are  not  generally  recognized.

Cold  three-phase  model  investigations  show  that in  micro-packed-bed  reactors  segregated  flows  of
gas and  liquid  occur  in a broad  range  of conditions.  This  situation  is dramatically  different  from  the
hydrodynamics  in  industrial-scale  trickle-bed  reactors.  Since  in  a broad  range  of conditions  the  gas  flow
follows  preferential  pathways  through  the  micro-packed  bed,  the  average  thickness  of  the  liquid  layers
is relatively  large.  Because  the  transport  through  these  layers  occurs  mainly  by  molecular  diffusion,  the
observed  reaction  rate potentially  will  be limited,  resulting  in poor  radial  dispersion.  Even  for  a  rather
slow  reaction  as the  hydrodesulfurization  of  dibenzothiophene  (HDS),  radial mass-transfer  limitations
were  observed.  This  counterintuitive  result  is due  to the  combination  of  (i) the  presence  of  apparent
stagnant  liquid  layers  with  several  particle  diameters  thickness,  (ii)  the low  rate  of  radial  transport,  and
(iii) the  strong  inhibition  by  the  reaction  product  H2S.  A  general  criterion,  analogous  to  the  Weisz–Prater
criterion  for  internal  diffusion  limitations,  is  proposed  for the  estimation  of  the influence  of  poor  radial
dispersion  in  catalyst  performance  testing  in  micro-packed-bed  reactors.  For  use  in  practice,  it is  advised
to start  with  a  worst-case  scenario  and dependent  on  the  outcome  to relax  this  strict  criterion.

©  2015  Elsevier  B.V.  All  rights  reserved.

1. Introduction

Beds packed with particles of 3 mm and larger in size are
generally used in industrial applications. In multiphase operation
they behave very differently from beds packed with small parti-
cles (typically 0.05–0.2 mm diameter). A good illustration is the
result of hold-up measurements in micro-packed beds, reported
by Márquez et al. [1], see Fig. 1.

The observations are remarkable. Firstly, the values of the liquid
hold-up are high in a micro packed bed, between 0.65 and 0.85. In
literature of trickle beds typically much lower values of the liquid
hold-up, varying between 0.05 and 0.20, are reported [2]. Secondly,
the liquid hold-up is hardly dependent on the gas-flow rate. When
the gas and liquid flow were stopped, no liquid came out of the
column: the dynamic hold-up is close to zero. In Fig. 2 these data
are compared with typical data for industrial trickle beds.
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Apparently, the inherent small particle size in the small packed
beds causes the hydrodynamics to be dramatically different, com-
pared to the industrially applied trickle-bed reactors. For particles
smaller than typically 0.2 mm the capillary forces predominate over
the viscous and gravitational forces in sharp contrast with large-
scale industrial reactors [2]. The negligible influence of gravity is
clear from the observation that essentially the hold-up is fully static.
The observation that the dependency of the liquid hold-up is not
very sensitive to gas- and liquid-flow rates shows a small interac-
tion between gas flow and liquid flow. It should be noted, though,
that at the lowest gas-flow rates the hold-up values are slightly
higher, the higher the liquid flow rate, indicating that some inter-
action exists between liquid and gas flows.

In our work on the scaling down of trickle-bed reac-
tors we extensively performed cold-flow investigations [3]. In
impulse–response experiments residence times were measured for
several combinations of gas (N2) and liquid (ethanol) flow rates.
A coloured dye tracer (dissolved in ethanol) was analyzed by a
spectrometer. The residence time for the liquid phase �L (s) was  cal-
culated from the position of the peak maximum from the derivative
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Notation

aGL effective gas–liquid interfacial area [m2 mbed
−3]

CapL capillary number [–]
Cs concentration at the G-L interface [mol mliq

−3]
dp catalyst particle diameter [m]
dslab thickness of the slab representing the liquid zone

[m]
dt internal reactor tube diameter [m]
De,i,L effective radial dispersion component i in the liquid

phase [m2 s−1]
DL bulk diffusivity in the liquid phase [m2 s−1]
hL liquid hold-up (i.e. fraction of bed voidage filled with

liquid) [m3 mvoid
−3]

kGL gas–liquid mass-transfer coefficient for component
i [m s−1]

kV reaction rate constant (unit depends on n)
L thickness of the slab representing the liquid zone

[m]
n reaction order
Rep particle Reynolds number [–]
Rv,i

obs observed volumetric reaction rate of component i
[mol mparticle

−3 s−1]
Sc Schmidt number = �L/(�L DL) [–]
uG superficial gas velocity [m s−1]
uL superficial liquid velocity [m s−1]
WHSV weight-hourly space velocity: ratio liquid mass-

flow rate/catalyst weight [h−1]

Greek
εb bed voidage [m3 mbed

−3]
� Thiele modulus [–]
�i actual flow rate (i = L: liquid, i = G: gas) [�L min−1]
�rad Weisz modulus for radial mass-transfer [–]
� catalyst efficiency [–]
�L liquid viscosity [kg m−1 s−1]
�L liquid density [kg m−3]
�b tortuosity of the bed [–]
�L liquid residence time [s]
�	 dimensionless residence time [s]

of the breakthrough curve of the dye. In the usual way �L was
converted in the dimensionless �	 , using utotal = uL + uG:

�	 = �L

L/utotal
(1)

For single-phase (ethanol) experiments we found �	 = 1, inde-
pendent on the flow rate, as expected. However, for multiphase
systems the results are very different, as illustrated in Fig. 3.

At low liquid fractions (and thus large gas fraction) �	 � 1
(Fig. 3a). Not surprisingly, at the highest liquid fraction (Fig. 3b),
�	 → 1, �	 is independent of the liquid fraction of the flow. Thus, for
low gas flows the result is similar to the single flow experiments,
whereas for high gas-flow rates this is not the case. The interpreta-
tion is straightforward and is related to the hydrodynamics.

At a high liquid fraction in the flow, the gas bubbles travel with
the liquid flow through the bed, and as a result of this, the resi-
dence times of gas and liquid are the same and can be predicted
from the sum of gas and liquid flow rate, resulting in �	 = 1. Good
examples, where �	 = 1 holds, are bubble flow and segmented flow
in capillaries (Taylor flow).

However, if a part of the gas by-passes the liquid phase the value
of �	 will be >1. The occurrence of by-passing in packed beds is due
to capillary forces that keep the liquid together if there is only a

Fig. 1. Liquid hold-up εL (liquid volume/void volume) for several combinations of
gas  flow rate (�G) and liquid flow rates (�L) for a flow of N2 and tetradecane over
106 < dp < 125 �m non-porous glass beads in a 2.0 mm internal diameter glass tube.

Figure taken from [1].

limited interaction between gas and liquid (low-interaction mode).
The gas thus follows preferential pathways (a kind of snake flow).
The data in Fig. 3 show for most conditions extensive by-passing of
the gas. The extent of by-passing increases with increasing gas-flow
rate.

The question arises whether extensive by-passing does impact
the interpretation of results observed in catalyst testing research.
In multiphase operation in packed beds the by-passing of the gas
phase implies more or less apparent stagnant liquid zones, i.e.  liquid
zones that stay in the same place, but in fact there is a laminar
down flow of liquid [4]. One of the consequences of the occurrence
of these apparent stagnant zones is that radial transport on the
reactor scale is reduced; the thicker the apparent stagnant zone
is, the slower the radial transport will be and, therefore, a lower
conversion could be anticipated.

2. Criterion for radial dispersion in packed beds with
segregated flows

Regarding catalyst testing, a sound theoretical basis needs to
be developed resulting in convenient criteria to assess in advance
the interference of mass-transfer gradients within the particle, in
the film surrounding the particle or between the gas and the liquid
phase. In addition non-ideal reactor behaviour due to extensive

Fig. 2. Comparison of typical liquid hold-up values for industrial trickle beds and
micro-packed beds; the dynamic hold-up for micro-packed beds is close to zero.
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